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During the middle and later stages of condensate gas field development, the flow rate and pressure of
the light hydrocarbon recovery system gradually decrease, and there is a certain deviation between the
design parameters and the actual operation parameters of the equipment, resulting in a decrease in
the recovery rates of propane (Cs) and higher hydrocarbons (Cs..). Therefore, it is necessary to optimize
the system to obtain greater economic value. In order to solve this problem, the paper analyzes
the sensitivity of the equipment operating parameters based on the sequential-modular method. The
black box model is used to analyze the equipment and the whole system, and the subsystem with
large exergy loss is found. Moreover, this paper optimizes the light hydrocarbon recovery system
using parameter optimization and process optimization, and compares the results. According to the
analysis, the main conclusions are drawn: (1) The outlet pressure of expander and the temperature of
deethanizer bottom have great influence on the light hydrocarbon recovery system, the reduction of
the expander outlet pressure from 2.3 MPa to 1.8 MPa can increase the recovery of C3 by 5%. Decreasing
the bottom temperature of the deethanizer from 80 °C by 20 °C can increase the recovery of C3 by
9.2%. (2) Optimized process using direct heat exchange technology has a better optimization effect
than the parameter optimization process, the C; recovery of the optimized system increased by 19.1%
to 93%, the recovery of Cs, increased by 14.4% to 95%.

© 2019 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND

license (http://creativecommons.org/licenses/by-nc-nd/4.0/).

1. Introduction

As a relatively clean energy source, natural gas has become
more and more widely used (Lu et al., 2019a,b; Ma et al., 2019).
Therefore, improving natural gas utilization is currently a hot
spot. In the middle and later stages of development of some gas
fields, the recovery rates of C3 and Cs, in the system are reduced
due to the decrease in the treatment volume and pressure, thus
failing to meet the system design requirements. Taking DLB gas
field as an example, the designed processing capacity is 25 x 10*
Nm?/d, and the turn-down ratio is 420%. However, the current
gas processing capacity is only 16x10* Nm?3/d, the recovery rates
of C3 and C3; have been reduced accordingly. On the one hand,
improving the recovery rate of light hydrocarbons can ensure the
quality of commercial gas, on the other hand, it can also reduce
pollution and improve economic benefits. Therefore, in this pa-
per, the main target is to use the process simulation method to

*  Correspondence to: State Key Laboratory of Oil and Gas Reservoir Geology
and Exploitation, Southwest Petroleum University, No. 8 Xindu road, Xindu
District, Chengdu 610500, China.

E-mail addresses: luhongfang_sci@126.com (H. Lu), mgg@swpu.edu.cn
(G. Ma).
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analyze the light hydrocarbon recovery system and put forward
the optimization scheme.

At present, the more mature condensate recovery processes
includes DHX process, light oil reflux process, membrane sepa-
ration process, and GSP. These processes aim at improving the
recovery rate of light hydrocarbons and saving energy consump-
tion (Zhao, 2013). DHX technology was first proposed by Esso
Resources Canada in 1984. The technology is an improvement
in the expansion refrigeration process, which is to add an ab-
sorber tower between the expander and deethanizer. In order
to improve the recovery rate, if we want to reform the tradi-
tional expansion refrigeration process, the DHX technology is
often used. Under the same conditions, the recovery rate of Cs3
can be increased from 72% to 95%, and the investment cost for
retrofitting is lower (Limb and Czarnecki, 1987; Khan, 1985;
Aggarwal and Singh, 2001). In recent years, membrane separa-
tion technology in the gas separation process has been greatly
developed, the technology has good economic returns and good
adaptability. According to the different materials, the material
needed for membrane separation technology is divided into the
porous membrane and non-porous membrane, and the principle
of penetration is different. Currently, non-porous membranes are
widely used in light hydrocarbon recovery processes and are

2352-4847/© 2019 The Authors. Published by Elsevier Ltd. This is an open access article under the CC BY-NC-ND license (http://creativecommons.org/licenses/by-

nc-nd/4.0/).
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Nomenclature Hg, Hg Enthalpies before expansion and after
c Propane expansion, kJ/kmol;
C3 Hvd b ith h h W, Wi Actual work and ideal work during
34 ydrocarbons with more than three expansion process, kj/kmol
carbon atoms . . . S .
s Adiabatic efficiency; k is adiabatic index
P Pressure, MPa .
3 Ty3, Toy Suction temperature and exhaust tem-
v Molar volume,om /kmol perature of compressor, °C
T Temperature, °C Py3, Pyy Suction pressure and exhaust pressure
R Molar gas constant, 8.314 kJ/(kmol °C) of compressor, MPa
a, b and o Coefficient of state equation k Adiabatic index of compressed gas; ¢ is
w Acentric factor compression ratio
r Reduced state 1% Amount of gas, kmol/h
Pc Critical pressure of the system, MPa L Amount of liquid, kmol/h
T Critical temperature of the system, °C z; Mole fraction of component i in law gas
T: Reduced temperature X,y Mole fraction
p Molar density, kmol/m? h, H Enthalpy, kJ/kmol
A;,Bi,Ci,D; E; Fi,G; Therrpodynamic constants of compo- Q Heat load, Kj/h
nent 1 E Energy consumption of each unit in the
Exim Import exergy equipment, kJ/h
Exr Internal exergy Fesy Flow rate of Cs, in the recovered light
Exr External exergy hydrocarbons, kmol/h
Exout Output exergy At Minimum temperature difference of
exm Exergy of unit material flow, kg/h heat exchanger, °C
h Enthalpy of unit material flow in the Feoo Molar flow of C; and C; in the recovered
current system, kj/kg light hydrocarbon, kmol/h
ho Enthalpy of unit material flow in the Fesy The molar flow of Cs, kmol/h
reference state, kj/kg Fipg Molar flow of LPG, kmol/h
To Reference temperature, °C P Outlet pressure of expander, MPa
s Entropy of unit material flow in the T Temperature of deethanizer bottom, °C
current system, kj/kg °C P, Pressure of liquefied gas tower bottom,
So Entropy of unit material flow in the MPa
reference state, kj/kg °C T Temperature of reboiler (liquefied gas
Exm Exergy of material flow, kg/h tower bottom), °C
m Mass of material flow, kg Pc Critical pressure, MPa
YET Total exergy of material flow (or energy Tc Critical temperature, °C
flow) entering the system, kJ/h L.
YE™ Total exergy of material flow (or energy Abbreviations
flow) exiting the system, k]/h DLB Dalaoba, a name of a gas field in
F; Flow rate of material flow i, kmol/h Xinjiang, China
Xi j Mole fraction of j in material flow i DHX Direct heat exchange
K; Gas-liquid equilibrium constant for GSP Gas subcooled process
component j LSP Liquid subcooled process
Q Total heat load, k]/h RSV Recycle split-vapor
Q; Heat obtained by the cold flow i, k]/h RR Residue recycle process
A Heat transfer area, m PSA Pressure swing adsorption
K; Heat transfer coefficient of cold flow LPG Liquefied petroleum gas
and heat flow, kW/m? °C PR Peng-Robinson
At Logarithmic mean temperature differ- SQP Successive quadratic programming
ence between the cold flow and the
heat flow, °C
Hg, Hy Import enthalpy and outlet enthalpy of
hot fluid, kj/h separated according to the principle of dissolution and diffusion
His, Hig Inlet enthalpy and outlet enthalpy of (Shin et al., 1992; Fernandes et al., 2000). GSP is based on the
the first cold flow, k]/h improvement of lean natural gas (C, <100 mL/m?) processing
Hyo, Has Inlet enthalpy and outlet enthalpy of plants, the technology can not only make the C, recovery rate
the second cold flow, kj/h high, but also allow the content of CO, in natural gas to be
Ss, So Entropies before expansion and after higher than that of in the expansion refrigeration process, and
expansion, kj/kmol °C the power consumption is lower (Wilkinson and Hudson, 1982).
Tg, To Temperatures before expansion and af- Unlike the GSP process, the LSP is based on the improvement of
ter expansion, °C rich natural gas processing plants. The process not only reduces
Pg, Pg Pressures before expansion and after the low temperature and high-pressure part of the conventional

expansion, MPa

process, but also saves energy consumption. This process can
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treat gas with high CO, content (Pitman et al., 1998). RSV process
is a process that can obtain higher recovery rate (above 98%) of
ethane. This process combines the characteristics of GSP and RR
technology. Unlike the GSP, the top of the demethane tower has a
compression and condensing unit. This process is suitable for the
recovery process of light hydrocarbon which is rich in CO,, and
it can prevent the occurrence of ice blocking when the natural
gas is treated at low temperature (Baker et al., 1998). Vortex
tube refrigeration process is suitable for low pressure natural gas,
which is generally 0.9-1.5 MPa. This method is commonly used
for condensate recovery in remote gas fields (Lyu and Zhang,
2010). Light oil reflux process is based on the principle of oil
absorption, which can increase the recovery rate of condensate.
This process is suitable for low pressure shallow cooling device at
about —35 °C (Zhao, 2003). PSA technology has been developed
in 1980s. So far, the technology has been widely applied. PSA has
a good effect in gas separation. In the process of light hydrocar-
bon recovery, the pretreated gas is absorbed by the adsorption
bed, which absorbs the components with higher boiling point
than propane, thus achieving the effect of the separation of light
hydrocarbons (Chan et al., 1981).

From the perspective of gas separation technology, there are
three most widely used technologies: oil-absorption process, ad-
sorption method, and condensation separation method. Com-
pared with other light hydrocarbon recovery methods, the con-
densation separation method has the advantages of high recovery
efficiency, low investment and low operation cost. It has gradu-
ally replaced the oil-absorption process and adsorption method
after 1970s (Liu and Wang, 2000). According to the different
ways to provide cold energy, condensation separation method
can be divided into refrigerant refrigeration method, expansion
refrigeration method and combined refrigeration method.

Refrigerant refrigeration method belongs to shallow cooling
method, it needs to set up independent refrigeration system
in external. The cooling capacity of this method is not directly
related to the natural gas to be separated, and there is no re-
quirement for the quality and pressure of the raw gas. The cooling
capacity can be adjusted according to the gas volume, the quality
of the raw gas and the refrigeration temperature. This method is
suitable for the raw gas which the composition is relatively rich
(Krasae-In et al., 2010). The expansion refrigeration method relies
on the pressure difference between raw gas and commercial gas
to provide cold energy. Due to the low refrigeration temperature
and the high condensing pressure of the expander, the C3, re-
covery rate is relatively high. This method is applicable to gas
fields with relatively stable gas quantity and pressure, relatively
poor gas composition and high condensate recovery requirements
(Chaiwongsa and Wongwises, 2008). The combined refrigeration
method belongs to the sub-cryogenic cooling method, the cold
energy is provided by the expansion refrigeration method and
refrigerant method. The advantages of the combined refrigeration
method are good adaptability, high recovery rate of C; and low
energy consumption of the equipment. Generally, the refrigera-
tion temperature of this process is from —80 °C to —100 °C, and
the recovery rate of Cs is in the range of 75%-85% (Wang, 2003).

From the aspect of light hydrocarbon recovery process op-
timization, the focus of the study is to improve the recovery
rate of light hydrocarbon and reduce the energy consumption.
The main methods are: (1) Optimization of equipment operating
parameters; (2) Increase the rate of gas treatment; (3) Change
the mode of refrigeration; (4) New technology for recovery of
light hydrocarbons; (5) Use of efficient equipment (Wu, 2013;
Cao, 2015).

This paper optimizes the light hydrocarbon recovery system
of DLB condensate gas field using two different ways: parameter
optimization and process optimization, and compares various

indicators to determine the final scheme. Different from other
scholars’ research, the optimization target of this paper is not only
considering the light hydrocarbon recovery, but also considering
the energy consumption of the system. The rest of the paper
is organized as follows: Section 2 describes the problems of
light hydrocarbon recovery system in DLB gas field, Section 3
introduces the basic theory used in this paper, Section 4 describes
the process of parameter optimization and mathematical model,
Section 5 shows simulation results, Section 6 shows two methods
of light hydrocarbon optimization and comparison results.

2. Problem description

As shown in Fig. 1, in DLB condensate gas field, high-pressure
raw gas enters the separator (free water, oil droplets, and dust
are removed). Then the gas enters molecular sieve drying unit
and mercury removal unit, saturated water, and a small amount
of mercury in natural gas are removed. The gas from the mercury
removal unit is cooled down in a cold box and then enters a
cryogenic separator to remove the condensed heavy components.
The gas from the cryogenic separator enters the turboexpander
for expansion and cooling, and then enters deethanizer from the
top. The liquid phase at the bottom of the cryogenic separator is
used as the feed of the deethanizer after the heat exchange of the
cold box. The dry gas from the top of the deethanizer is reheated
by the cold box heat exchanger and enters the pressurize section
of the expander to be taken as commercial gas and to be exported.
The liquid hydrocarbons at the bottom of the deethanizer tower
enter the liquefied gas tower by differential pressure, and the LPG
and light oil products are produced.

The actual operating parameters and design parameters of the
light hydrocarbon recovery unit are shown in Table 1. It can be
seen from Table 1 that there is a certain deviation between the
operating values and the designed values.

According to the design requirements of light hydrocarbon
recovery system, the recovery rate of C3 should not be less than
78%, and the recovery rate of C3; should not be less than 82%.
However, the recovery of C3 and Cs; are reduced due to the
decrease of treatment volume and inlet pressure, the change of
the content of the raw gas and the operation parameters of the
equipment. According to the current field data, the recovery rate
of C3 is 73.9%, and the recovery rate of C3, is 80.6%. Both of
them have not reached the designed requirements. Therefore, it is
necessary to optimize the light hydrocarbon recovery equipment.

3. Basic theory
3.1. State equation

The objective of this study is the light hydrocarbon recovery
system. The PR equation can accurately calculate the molar vol-
ume and thermodynamic properties of liquid phase. Therefore,
the PR equation is used to calculate the gas-liquid equilibrium.
This equation is also widely applied in natural gas treatment
(Patel and Teja, 1982; Cismondi and Mollerup, 2005).

The expression of the PR equation is:

RT a
P = - (1
v—b wv(@W+b)+b(w—-0>b)
where:
RT,
b =0.0778—< (2)
P,
a=a)a (3)
272

R2T?
a(Te) = 0.45727 (4)

c



1212 H. Lu, G. Ma, L. Cao et al. / Energy Reports 5 (2019) 1209-1221

Commercial gas,

;lj ﬁ Compressor
: £ 4 = Cold box
1 ) g
@/ £
o £ 2
2 e
Raw gas B 2| / 5 Expander
g s b .
N &< N1 J ><\
<. . i :
5 ¢ ] A
[i}°) . il
Filter | < ~
\ & .-
g J-T valve
o
&
-]
L L ]
Throttle valve
-
Cooler
2
VRN p l N
\ 'Reflux tank
LPG
Liquefied gas tower
AN Light oil
>
Cooler
Fig. 1. Process flow diagram of light hydrocarbon recovery system in DLB condensate gas field.
Table 1
Actual operating parameters and design parameters of the system.
Equipment Actual operating parameters Designed parameters
Pressure (MPa) Temperature (°C) Pressure (MPa) Temperature (°C)
Separator 6.03 33.0 8.50 26.3
Molecular sieve drying tower 6.00 33.0 8.4 26.0
Mercury removal tower 5.99 33.0 8.4 26.0
Cryogenic separator (gaseous phase) 5.96 —33.0 8.39 —23.0
Cryogenic separator (liquid phase) 5.96 —33.0 8.39 -21.0
Export of throttle valve 2.21 —55.0 2.58 —48.9
Expander (Expansion section) 2.20 —69.1 2.20 —76.8
Expander (Pressurize section) 2.54 427 2.61 454
. Top 2.20 —64.6 2.11 —66.2
Deethanizer Bottom 220 78.0 215 89.9
. ) Top 1.20 45.0 1.30 45.0
Liquefied gas tower g o 120 135.0 133 170.0
2 . . .
a = [14 (0.37464 + 1.54220 — 0.269920°) (1 — T,°)] (5) The formula of isothermal enthalpy difference is:
T
T ©)  H_Hy=Z _gr
o
3.2. Thermodynamic calculation formula [Fo + D (fuv/Tr —fuo — 1)] 14 2.414bp
—+ Ll In
b 1—0.414bp

Many calculations of thermodynamic properties, such as en-
thalpy, entropy, fugacity, fugacity coefficient, etc., are used in the where:
light hydrocarbon recovery unit model and these can be derived
from the PR state equation. fu = 0.37464 + 1.54226w — 0.269920°
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—
Fig. 2. Black box model diagram.
2712
Ly = 0.457235—¢ 9
Dc
HO =) yiHY (10)
H? = A; + BT + GT?* + DiT® + ET* + FT° (11)
The formula of isotherm entropy difference:
PRT
S—S, = —RIn —RIn(1—bp)
101.325 (12)
Wb f*  fofutD 1y L 2:414bp
b \ T, VT, 1— 0.414bp
$°=> "y +yilny; (13)
i
0 3 2, 4.3 0.4
Si =B;InT + 2GT + iDiT + §E1‘T + ZFiT + G; (14)

3.3. Exergy analysis model

In engineering, the black box model is usually used for exergy
analysis, as shown in Fig. 2. The black box model can obtain
exergy, effective exergy and exergy loss by inputting exergy of
material flow or energy flow of input and output systems (Moro-
suk and Tsatsaronis, 2008; Cheng et al., 2017). The model ignores
the internal specific conditions of the system, and the calculation
process is simple, as shown in Fig. 2.

3.4. Calculation of exergy

The calculation formula for exergy is:

exn =h—hg —To (s — Sp) (15)

Eym = €xmm (16)

3.5. Exergy loss

Exergy loss analysis also uses black box model, the expression
of exergy loss is:

De=) E* =) E (17)

The expression of exergy efficiency is:

2 E”
Ng = ZE+

3.6. Sequential-modular method

Sequential-modular method refers to the use of sequential
calculation method of unit module to solve the system model,
and the unit module is the basic unit of calculation. The solving
process of sequential-module method is as follows Hillestad and
Hertzberg (1986):

(1) Conversion of a system process diagram into a structural
unit diagram composed of nodes and streams;

(2) Identify the indivisible subsystem of the process system
through system analysis and assign the order of solution to each
subsystem;

(3) Break the indivisible subsystem, determine the best frac-
ture flow, and set the convergence unit;

(4) Calculate the order of each node in the subsystem contain-
ing the loop;

(5) Solve the entire system in the order of subsystems and
nodes.

4. Case study

Based on the solving process of sequential-modular method,
this paper takes the hydrocarbon recovery system in DLB con-
densate gas field as a case study, the structural unit diagram of
this system can be seen in Fig. 3.

The light hydrocarbon recovery system of DLB condensate
field is mainly divided into two main subsystems, which are
the purification system and the refrigeration fractionation sys-
tem. The identification, sorting and fracture of the inseparable
subsystem are shown as follows:

(a) Purification system

The purification system mainly includes drying and mercury
removal of raw material gas. The system does not contain loops.
It only needs to identify and sort out the indivisible subsystem of
the structural unit diagram.

Recognition and sorting of inseparable subsystems by adja-
cency matrices:

0 1 0 0 O 010 0
0 01 0 O
0 0 1 0
0 0 01 0=
0 0 0 1
0 0 0 0 1 00 0 O
0 0 0 0 O
0 1 0 0 1
:>001:>00:>[0]
0 0 O

Therefore, the solution sequence is A;—A;—A3—>A3—As.

(2) Refrigeration fractionation system

The structural unit diagram of refrigeration fractionation sys-
tem can be seen in Fig. 3. Its adjacency matrix is:

0

o 10 101 01 0 0 1 O0
1 01 0 0 0 O
1 01 0 0 O
0 001 0 0O
0 0 0 1 0 O
1 0 00 1 0 0=
1 0 00 10
0 001 0 1O0
0 0 01 0 1
0 0 00 0O 0 O 000000
0 0 00 0 0 O
01 0 0 1
1 01 0 O
=0 0 0 1 O
1 0 0 0 1
0 0 0 10

The loop A6-A7-A6 is found by using path search method, and
the virtual node L1 is used instead of the loop node, the new
adjacency matrix can be obtained. The loop L1-A8-A9-L1 is found
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Fig. 3. Structural unit diagram of hydrocarbon recovery system in DLB condensate gas field.
S 20 The light hydrocarbon recovery system in DLB condensate
gas field consists of several subsystems, including separation
S system, gas drying system, refrigeration system, heat exchange
18 system, fractionation system and so on. The entire system has
vV twelve unit processes, and the types of unit modules involved

S7

Sq

=A7

;AS

b Ao

Fig. 4. Inseparable subsystem with loops.

by analogy, and the new adjacency matrix is obtained by using
the virtual node L2 instead of the loop node. The new adjacency

matrix is:
0 1 0
1 0 1
0 0 0
1 00
0 0 O

(=N oo}

1

O = OO =
_ 0 = O
o O oo

—_ O = =
(=]

>[5 o

Therefore, the sequence of the refrigeration fractionation sys-
tem is: (A6-A7-A8-A9)—A10—A11—A12.

(3) Break inseparable subsystem using loop matrix

The inseparable subsystem with loops is shown in Fig. 4.
Simple circuits L1 and L2 are shown in Fig. 5.

The loop matrix is:

L1 0o o0
L1 1
p 2 1

1

1 0
0 1

1 1

It can be obtained from loop analysis that S8CS7, S9CS7,
S$18CS7, S20CS7, it means that S8, S9, S18, and S20 are not inde-
pendent columns. Therefore, S7 is considered to be a flow broken
line. Therefore, the order of solving the structural unit of the
whole light hydrocarbon recovery system is A1—A2—A3—A4—
A5—(A6-A7-A8-A9)—A10—A11—A12.

SlS

in the simulation include separators, heat exchangers, turbine
expanders, compressors and rectification tower. Mathematical
models of equipment are shown in Appendix.

5. Results
5.1. Effect of condensing pressure and condensing temperature

Sequential-modular method is used to optimize the param-
eters of light hydrocarbon recovery system in DLB condensate
field, the factors that affect the recovery rate of the system
should be found. The light hydrocarbon recovery system uses the
condensation separation method, so the condensing temperature
and condensing pressure are the main factors affecting the re-
covery rate. The liquefaction rate of each component varies with
temperature as shown in Fig. 6 (5.0 MPa) and Fig. 7 (6.0 MPa).

It can be seen from Figs. 6 and 7, lowering the condensing
temperature and increasing the condensing pressure can increase
the liquefaction rates of C; and Cs,. With the decrease of con-
densing temperature and the increase of condensing pressure,
the increase rate of liquefaction rate of C3 and Cs; decreases,
while the liquefaction rate of C; and C; increases obviously.
However, a large number of C; and C; in condensate not only
increase the difficulty of product separation, but also increase
energy consumption.

5.2. Parameter sensitivity analysis of equipment
Based on the sequential-modular method, the parameter sen-

sitivity of equipment analysis results are as follows:
(1) Outlet pressure of expander

SZO

Sy

.

Aq

Ag

S
T A, o8, A, 154 A,

\4

(a)

(b)

Fig. 5. Simple circuit: (a) L1 circuit; (b) L2 circuit.
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When the inlet pressure of the expander is 5.96 MPa, the initial
value of outlet pressure is 1.8 MPa, and 0.2 MPa is the step length.
The influence of expander outlet pressure on the recovery rate of
C3 and Csz, is analyzed in the range of 1.8-2.3 MPa. The effect
of expander outlet pressure on recovery of C3 and Cs; can be
seen in Fig. 8, the influence of the expander outlet pressure on
the equipment energy consumption is shown in Fig. 9.

It can be seen from Fig. 8 that the decrease of the outlet
pressure of the expander has a significant effect on the recoveries
of C3 and Cs;. The lower the outlet pressure of the expander,
the larger the expansion ratio, so the lower the temperature of
natural gas expanded by the expander, the higher the C; and C3
recovery rate.

It can be seen from Fig. 9, the pressure from 2.2 MPa down to
2.0 MPa, the corresponding energy consumption increased from
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73.72 KW to 98.08 kW, an increase of 24.36 kW. When the pres-
sure dropped from 2.0 MPa to 1.8 MPa, the corresponding energy
consumption increased from 98.08 kW to 280 kW, an increase of
181.92 kW, indicating that if the pressure drops below 2.0 MPa,
the impact of pressure on energy consumption becomes more
apparent. Therefore, under the condition of only changing the
optimization parameters, it is suggested that the outlet pressure
of the expander should be between 2.2 MPa and 2.0 MPa.

(2) Temperature of deethanizer bottom

When the pressure of deethanizer is 2.2 MPa, the initial tem-
perature of deethanizer bottom is 60 °C, and 5 °C is the step
length. The influence of deethanizer bottom temperature on the
recovery rate of C3 and Cs is analyzed in the range of 60-80 °C.
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The effect of deethanizer bottom temperature on recovery of C3
and C3, can be seen in Fig. 10, the influence of the deethanizer
bottom temperature on the energy consumption of the device is
shown in Fig. 11.

It can be seen from Fig. 10, the recovery rate of C3 and Cs
decreases slowly with the increase of the temperature of the
deethanizer bottom. This is due to the increase in the temperature
of the deethanizer bottom, C, in the top of the tower increases
and Cs, in the bottom of the tower decreases, thus reducing the
recovery of C3 and Cs,. It can be seen from Fig. 11, the higher
the temperature of the deethanizer bottom is, the higher the
energy consumption required for the deethanizer reboiler, so the
energy consumption of the whole equipment is also increased
accordingly.

(3) Pressure of deethanizer bottom

Keep the bottom temperature of the deethanizer (78 °C) and
the top pressure (2.20 MPa) of the deethanizer to be constant. The
initial pressure of deethanizer bottom is 2.1 MPa, and 0.1 MPa is
the step length. The influence of deethanizer bottom pressure on
the recovery rate of Cs3 and Cs; is analyzed in the range of 2.1-
2.5 MPa. The effect of deethanizer bottom pressure on recovery of
Cs and Cs4 can be seen in Fig. 12, the influence of the deethanizer
bottom pressure on the energy consumption of the device is
shown in Fig. 13.

It can be seen from Fig. 12, the recovery rates of C3 and Cs
increase slowly with the increase of the pressure of the deeth-
anizer bottom. This is because the pressure of the deethanizer
bottom is large, the relative volatilization of the components is
reduced, and the Cs; at the bottom of the deethanizer is not
easy to volatilize. However, when the pressure varies slightly (less
than 30%), the effect of relative volatility cannot be considered. So
the influence of the deethanizer bottom pressure on the recovery
rate is less. But increasing the deethanizer bottom pressure will
reduce the content of C; and C; in the top of the deethanizer,
and the separation effect will be worse, and the quality of the
subsequent products will be affected. It can be seen from Fig. 13,
with the increase of the pressure of the deethanizer bottom,
the energy consumption of the reboiler at the bottom of the
deethanizer is also increased, so the energy consumption of the
whole equipment is also increased accordingly.

(4) Temperature of liquefied gas tower bottom

Keep the operating pressure (1.2 MPa) of the liquefied gas
tower to be constant. The initial temperature of liquefied gas
tower bottom is 105 °C, and 5 °C is the step length. The influence
of liquefied gas tower bottom temperature on the saturated vapor
pressure of light oil and liquefied gas tower energy consumption
are analyzed in the range of 105 °C-135 °C, as shown in Fig. 14.

It can be seen from Fig. 14, with the decrease of the bottom
temperature of the tower, the saturated vapor pressure of light
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Table 2
Exergy loss calculation results for each equipment.
Item Exergy loss (kJ/h) Exergy efficiency (%)
Molecular sieve drying system 9888 74.69
Cold box 74705 91.66
Throttle valve 646 99.56
Turboexpander system Expander 13443 98.03
P Y Compressor 6971 96.32
Condenser (Top of tower) 7830 83.49
Deethanizer system Deethanizer 351141 36.43
Reboiler (Bottom of tower) 417557 23.03
Condenser (Top of tower) 86623 77.04
Liquefied gas tower system Liquefied gas tower 73629 84.16
Reboiler (Bottom of tower) 52930 89.63
Overall system 1095363 -
Table 3
Optimization calculation results.
Number 1 2 3 4 5
Outlet pressure of expander (MPa) 2.20 2.15 2.10 2.05 2.00
Deethanizer bottom temperature (°C) 78 76 74 72 70
Recovery rate of Cs (%) 73.9 74.5 75.1 75.7 76.3
Recovery rate of Cs (%) 80.6 81.1 815 81.9 82.1

Energy consumption of C3, (10* kJ/kmol)

172.9 157.9 152.6 150.5 146.8

oil increases and the energy consumption of the liquefied gas
tower decreases. For every 1 °C decrease in tower bottom tem-
perature, the energy consumption of the liquefied gas tower will
be reduced by 1.5 kW, indicating that the liquefied gas tower
bottom temperature has little effect on the energy consumption
of the tower. When the temperature of bottom tower is reduced
to 120 °C, the saturated vapor pressure of light oil is 78.11 kPa
(> 74 kPa), which has reached the requirement. However, the
continuous lowering of temperature is not easy for C3 and C4 to
volatilize in the condensate of the tower bottom, which will affect
the quality of LPG.

(5) Pressure of liquefied gas tower bottom

Keep the temperature (135 °C) of liquefied gas tower bottom
to be constant. The initial pressure of liquefied gas tower bottom
is 1.2 MPa, and 0.1 MPa is the step length. The influence of lique-
fied gas tower bottom pressure on the saturated vapor pressure
of light oil and production of LPG are analyzed in the range of
1.2-1.6 MPa, as shown in Fig. 15. The effect of liquefied gas tower
bottom pressure on the tower energy consumption can be seen
Fig. 16.

It can be seen from Fig. 15, as the pressure at the bottom of the
tower increases, saturated vapor pressure of light oil increases,
but production of LPG decreases. Therefore, under the condition
that the saturated vapor pressure is satisfied, the bottom pressure
of the tower should be reduced as much as possible. It can be
seen from Fig. 16, as the pressure at the tower bottom increases,
the energy consumption of the liquefied gas tower decreases. For
every 0.1 MPa increase in liquefied gas tower bottom, the energy
consumption of the liquefied gas tower will be reduced by an
average of 2.1 kW, which indicates that the pressure of liquefied
gas tower bottom has little effect on the energy consumption of
the tower.

5.3. Exergy analysis results

The black-box model is used to perform exergy analysis of
the light hydrocarbon recovery system, treating each device in
the system as a black-box model, as shown in Fig. 17. The envi-
ronmental benchmark pressure is 0.101 MPa, and the benchmark
temperature is 25 °C.
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The calculation results of exergy can be seen in Table 2. It
is known from Table 2 that the exergy loss of the deethanizer
system is the greatest. In terms of the exergy efficiency of the
single equipment, the reboiler in the deethanizer system has
a lower exergy efficiency of only 23.03%. Therefore, when the
parameters are optimized, the reboiler load should be reduced
as much as possible when the Cs, of deethanizer bottom meets
the requirements.

6. Optimization of light hydrocarbon recovery system

In the optimization of chemical system, there are usually two
ways: one is to adjust the operating parameters of the equip-
ment, the other is to reform the process. Therefore, this section
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optimizes the light hydrocarbon recovery system from these two
aspects.

6.1. Parameter optimization

(1) Optimization target

The light hydrocarbon recovery system in DLB condensate
field adopts cryogenic separation process by using turboexpander,
the main purpose of the system is to increase the recovery rate
of Cs3;, and improving the recovery rate of Cs; can increase
the production of LPG and light oil. However, increasing the
recovery of light hydrocarbons will be constrained by the energy
consumption of the equipment. Thus, if the maximum recovery
rate of light hydrocarbons or the lowest energy consumption
is the optimization goal, the maximum total income cannot be
guaranteed. Therefore, in this paper, the minimum ratio of total
system energy consumption and Cs; recovery is the optimal
target, which reflects the lowest cost of recovery of Cs,. The
objective function is:

2 Ei
F

L=f (P, T) (19)

F = min

+
G

(2) Optimization variables

The optimization variables are composed of two parts: de-
cision variables and state variables. To optimize the operation
parameters of the system, the decision variables can be adjusted
according to the actual conditions, so it is also called adjustable
variables. The selection of system optimization variables should
be selected from adjustable variables.

Based on the parameter sensitivity analysis of equipment, out-
let pressure of expander and temperature of deethanizer bottom
have great influences on the energy consumption of equipment
and recovery rate of Cs and Cs. Therefore, this paper takes outlet
pressure of expander and temperature of deethanizer bottom as
optimization variables.
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Process flow of the optimized light hydrocarbon recovery system.
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Table 4

Optimized parameters of main equipment.
Equipment Temperature (°C) Pressure (MPa)
Cryogenic separator —-33 -
Outlet of expander —72 2.0
Deethanizer bottom 70 2.0
Deethanizer top —67 20
Liquefied gas tower bottom 135 1.2
Liquefied gas tower top 54 1.2

Table 5
Main parameters of the equipment in the optimized system.

Equipment Temperature (°C) Pressure (MPa)
Cryogenic separator —-33 -

Outlet of expander -70 24

Cryogenic absorption tower bottom -70 24

Cryogenic absorption tower top -70 24
Deethanizer bottom 78 2.53
Deethanizer top —24 2.52

Liquefied gas tower bottom 135 15

Liquefied gas tower top 47 15

(3) Constraint condition

At =3
F,
“- 5y
II::LPG
G5t < 3%
PG
20<P <22
T<75

74 < Py, <200

P > Pc

T, <T¢

(5) Solution procedure

In this paper, SQP is used to solve mathematical optimization
model of light hydrocarbon recovery system. The SQP method is
one of the most effective ways to solve the equality and inequality
constraints.

The optimization calculation is an iterative process which is
gradually approaching to the optimization target, and the op-
timization target calculation process is shown in Fig. 18. The
influence of optimization parameters on the system recovery
rate and energy consumption shows that decreasing the outlet
pressure of the expander and decreasing the temperature of the
deethanizer bottom can make the objective function change to
the optimal goal. When two variables are changed at the same
time, there is a set of optimal variable values that make the
optimal target value minimum.

(6) Optimization results

The HYSYS software is used to do optimization calculation. The
results are shown in Table 3. As can be seen from Table 3, the
optimization target has a minimum value (the outlet pressure of
the expander is 2.0 MPa, the deethanizer bottom temperature is
70 °C). The optimized parameters of main equipment are shown
in Table 4.

6.2. Process optimization

This paper put forward a reform plan of light hydrocarbon
recovery process in DLB condensate field. The DHX technology

100 - 93 95

m Recovery rate of C3

Recovery rate (%)

m Recovery rate of C3+

Original process Parameter Optimized
optimization process
process
Process
(2)
200 4
180 1729

Energy consumption of C;, (10*

160 - 145.8
140 -
=120 |
3 120 101.4
E 100 |
<
2 80
60 -
40 -
20 4
0

Original process

Parameter optimization
process

Optimized process

Process
(b)
12 4 11.35
104 046 9.58
2
2
- 8 1
S
-
c
= 6
2
£ uLPG
g 4] Light oil
g m Light oi
-9
2 0.94 1.08 12
0
Original process Parameter Optimized process
optimization process
Process
(©)
1100000 - 1095363
1090000 -
1080000 -
_
= 1070000
g 1060000 -
w
E 1050000 - 1039231
a 1040000 1 1037785
=
5 1030000 -
1020000 -
1010000 -
1000000

Original process Parameter optimization

process

Optimized process

Process
(d)
Fig. 20. Optimization effect evaluation results for different process: (a) recovery

rates of C3 and Cs;; (b) energy consumption of Cs;; (c) production of LPG and
light oil; (d) energy loss.



1220 H. Lu, G. Ma, L. Cao et al. / Energy Reports 5 (2019) 1209-1221

Table A.1
Mathematical model of equipment.
Equipment Structural unit Required model
Separator Fix1j = FaXp j + Fi3X13
X2j = Kix13
Q = KiAi At

Heat exchanger

20 18 5
Q = ) Q= (Hi — Hig) + (Ha3 — Hao)
i=1
6 Heat 7 = (Hy — Hy)
exchanger Aq
23 19
. Ss =Sg
Turbine expander 8 Turbine 9 p\
— ™ expander Ay [ ™ To=Ts (i)
W = W
T = Toze 7
=Tpe
Compressor 23 Compressor 24 w=s
] A - Pyq = ePa3
Vig1Vije1 = LiXij + Fi2Xi12 =0
Viyis + VeYir = L—1Xig—1 + FraXi2
12 VisVijr = Lixij — FaaXio2 = 0
: F1zi = FiaXi 12 + Fa2Xi 22
Vi = Kijxi
Rectification tower 11| Liquefied 1 1
gas tower Z)’i,j = Z"i,j =1
Ay i=1 i=1
VigiHjy1 = Lihj + FpHip + Q. =0

77

ViHp + VeHF = Lr_1hp—1 + FioHia + Q.
Vit1Hjs1 = Lihj — Faohao + Qc

Fi1H = F;pHyy + Fyohpo +Q — Qc

Kij = Kij (T;, P, Xij, Yij)

H; = H; (T;. P. y1))

hy = h (T;. P. xi))

is adopted because the process is easy to transform the existing
expansion refrigeration process and has low investment, the light
hydrocarbon recovery rate can be greatly improved under the
same conditions. That is, adding a cryogenic absorber between
the cryogenic separator and the deethanizer, removing the reflux
tank of deethanizer and other equipment, adding a cold oil heat
exchanger, and the optimized light hydrocarbon recovery process
flow is shown in Fig. 19. The optimized parameters of main
equipment are shown in Table 5.

6.3. Optimization effect evaluation

In order to evaluate the optimization effect, the two optimized
processes (Parameter optimization process and optimized pro-
cess) are compared with the original process. The contents of
the evaluation include: the recovery rates of C3 and Cs, energy
consumption of Cs,, the production of LPG and light oil, energy
loss. The evaluation results can be seen in Fig. 20.

It can be seen from Fig. 20:

(1) The recovery rate of C3 and Cs, in the parameter opti-
mization process is only increased by 2.4% and 1.55%, while the
recovery rate of C3 and Cs in the optimized process is increased
by 19.1% and 14.4%.

(2) The Cs; energy consumption of the optimized process is
saved by 26.3% than the parameter optimization process.

(3) The production of LPG and light oil in the parameter
optimization process is not obvious compared with the original
process, but the optimized process is more obvious.

(4) Compared with the exergy loss, the parameter optimiza-
tion process is reduced by 5.1% compared with the original pro-
cess, while the optimized process is reduced by 5.3%.

Moreover, in this paper, the optimization results are compared
with other published papers. Xu optimized the DHX light hydro-
carbon recovery process in a gas field, increasing the recovery rate
of C5 from 78% to 81% and decrease the energy consumption by
2.84%. Gong optimized the light hydrocarbon recovery system in
a gas field in Xinjiang, China, increasing the recovery rate of Cs,
products from 97% to 99%. It can be seen that the optimization
scheme proposed in this paper makes the recovery rate of light
hydrocarbons more effective.

7. Conclusions

This paper aims at the problem of low recovery rate of Cs
and Cs; in light hydrocarbon recovery system during the late
development of condensate gas field, takes DLB condensate gas
field as a case study, sequential-modular method is used to an-
alyze the sensitivity of the system parameters and the process
parameters are optimized by SQP method. Moreover, this paper
also optimizes the original process using DHX technology. Finally,
two optimized processes are compared from the point of recovery
rate of C3 and Cs, the energy consumption of C3, the production
of LPG and light oil, energy loss. The following main conclusions
are drawn:
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(1) The outlet pressure of expander has a great influence on
the light hydrocarbon recovery system. The pressure decreases
from 2.3 MPa to 1.8 MPa, the recovery of C3 increases by 5%,
and the recovery of Cs; increases by 3.9%. The temperature of
the deethanizer bottom also has a great influence on the light
hydrocarbon recovery system. The recovery of C; increases by
9.2% and that of Cs, increases by 7.1% when the temperature
decreases from 80 °C to 60 °C.

(2) Reducing the expander’s outlet pressure will increase the
energy consumption of the equipment. From 2.0 MPa to 1.8 MPa
will increase the energy consumption by 185.7%, while lowering
the temperature of the deethanizer bottom will reduce the energy
consumption of the equipment, but the decrease is not significant.
The energy consumption of equipment will decrease by 27.5%
from 80 °C to 60 °C.

(3) Optimized process using DHX technology has a better op-
timization effect than the parameter optimization process. The C3
recovery rate of the process optimization scheme is 16.7% higher
than that of the parameter optimization scheme, the Cs, recovery
rate is 12.9% higher, and the exergy loss has little difference.
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